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Abstract

The present paper presents the phenomena occurring in fixed bed reactors spanning, from the small scale of single pellet,
where reaction and diffusion are competing, to the macroscale of whole apparatus, where dispersion and heat transfer play an
important role; the most important models used in describing the behaviour of fixed bed reactors and the dependence of most
relevant parameters from the geometrical characteristics of the reactor and from the physical properties of the reacting gases
are examined. Advice is given in order to design the reactor choosing the governing parameters in order to have stable and
effective performance, avoiding situations with multiple solutions and hence potential instability problems. © 1999 Elsevier

Science B.V. All rights reserved.
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1. Introduction

Packed beds of catalyst particles is the most widely
used reactor type for gas phase reactants in the pro-
duction of large scale basic chemicals and intermedi-
ates. In Table 1 some examples of industrial processes
are presented.

Fixed bed reactors have also been increasingly used
in recent years to treat harmful and toxic substances:
the removal of nitrogen oxides from power station flue
gases and automobile exhaust purification represent
by far the most widely employed applications.

Several reactor configurations are encountered in
practice, but it is convenient to differentiate between
reactors for adiabatic operation and for nonadiabatic
operation.

*Corresponding author. Tel.: +39-321-447510;
fax: +39-321-447233
E-mail address: pietro_andrigo@hgq.enichem.geis.com (P. Andrigo)

The analysis of these reactors spans from the micro-
scale, with the pellet and its pore structure where the
phenomena of reaction and diffusion occur, to the
macroscale, with its geometry and the characteristics
of reactor bed where the phenomena of heat and mass
convection, dispersion and transfer occur.

2. The catalytic pellet

The performance of a shaped catalyst (tablet,
extruded, sphere) depends on various factors such
as the chemical composition of the active components,
promoters and inhibitors, the supported crystallite size
and structure distribution, and the synergistic influ-
ence of the support. The influence of transport pro-
cesses on the activity and selectivity of single pellets is
the most valuable information in development of new
catalysts and is a prerequisite for the rational design
and control of a catalytic reactor.

0920-5861/99/$ — see front matter © 1999 Elsevier Science B.V. All rights reserved.
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Table 1
Some industrial catalytic reactions

Product

Reaction Raw material
Hydrogenation/dehydrogenation Benzene
Acetone

Nitrobenzene

Phenol

Ethylbenzene

Cyclohexane

Isopropyl alcohol

Aniline

Cyclohexanol, cyclohexanon
Styrene

Oxidation 0-Xylene, naphthalene Phthalic anhydride
Ethylene Ethylene oxide, acetaldehyde
Methanol Formaldehyde
Butylene Maleic anhydride
Ethanol Acetic acid
Addition Acetylene, HCI1 Vinyl chloride
Acetylene, acetic acid Vinyl acetate
Others Propylene, NH3, O, Acrylonitrile
N,, H, Ammonia

2.1. The diffusion coefficients

The geometrical structure of a catalytic porous
pellet consists of a large number of interconnected
pores with irregular shapes on which active catalytic
components, €.g2. noble metals, zeolites, etc. are dis-
persed; in certain cases, e.g. with mixed oxides, there
is a bulk activity generated by main components.
Inside the pores three different mechanisms may cause
isothermal transport of nonadsorbed gaseous species:
the Knudsen diffusion, when the diameters of the
pores is much smaller than the mean free path of
the gas; the gaseous bulk diffusion when the diameter
of the pores is much larger than the mean free path of
the gaseous molecules; viscous or bulk flow due to the
presence of a pressure gradient.

The pellet may be represented by a single phase
continuous (pseudo-homogeneous) model adequate
for qualitative and quantitative prediction of most
properties of engineering relevance. Inside the pellet
the transport of single component j of the gaseous
mixture is described by the effective diffusion
coefficient Dy, which is in general a function of
composition and can be considered constant in simple
cases.

A simple model of diffusion for two species (j=1,2)
is presented by Johnson and Stewart [1]:

00 — -1
Des = - (1 Lo VM) +L) f(r)dr,

Ts Dy» D,
0

(I

where Dy, is the binary diffusion coefficient (order of
magnitude 1074-10"° m2/s), Dy, the Knudsen coeffi-
cient for A (order of magnitude 1075-1071° mz/s), €
the internal porosity of the pellet measurable by well-
known porosimetric techniques, 7, the pellet tortuos-
ity, index of mechanical complexity of the pore struc-
ture, f(r) dr is the fraction of the void volume occupied
by pores with radii between » and r+dr.

Examples of the pore distribution of industrial
catalysts are given in Fig. 1 (monodispersed, lower
drawing and bidispersed, upper drawing).

For an isotropic pellet e,/7,=1/3, but in general € /7
lies in the range 1/3—1/10 and has to be determined
experimentally. Aris [2] and Luss [3] give references
for the experimental measurement of the effective
diffusivity.

For diffusion inside zeolites (usually supported or
included crystallites) we do not have at the moment
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Fig. 1. The distribution of pore size in two typical catalysts: (a)
monodisperse (lower curve), (b) bidisperse (re=dpore/2; Sg=spe-
cific area of catalyst). After Aris [2]; by permission from Oxford
University Press.

any a priori correlation; only a broad range (10~%-
10~'° m%/s) and many measurement techniques, most
of them based on frequency response analysis as
presented by Rees [4].

2.2.  The single pellet model

The impact on the reaction of the consecutive
diffusion processes of reagents and products from
the bulk phase to the active centres and vice versa
is expressed by the effectiveness factor, 7, equal to the
ratio between the observed rate and the hypothetical
rate if the composition and temperature throughout the
pellet would be uniform and equal to that of the pellet
surface (or to that of the surrounding fluid). Consider-
ing a system of NS chemical species and NR reactions
Zj:sl v -Aj = 0; i=1,2,.. . NR, the differential equa-
tions for the mass balance of every reactant (product)
A; and the energy balance inside a spherical pellet are:

1 d 2 dCSj(}’) G _
52 (bt 7 490) 4 pmyeamy <o,
(2
Aes d [, dTi(r) B
75(” ) dr )+ps'Z(_AHz)'rz(gaTs)—07
3

where ‘R; is the rate of production of species j,
R =S v and ri(Cy, Ty) is the rate of ith
reaction.

In the following boundary conditions [b.c.] (a)
points out the absence and (b) the presence of heat
and mass transfer limitations: at r=0,

dcy  dT,

= = =0 4
dr dr ’ @
at r=(dy/2),
Csj = Cssj (5a)
or

dCy;
€ kg} (Cssj C_]) = De%] ' di:j ) (Sb)
r=dy/2
Ts =T (63)
or
dT;
hg . (Tss - T) = /\es d_ ; (6b)
T lr=d,/2

where the mass transfer (kg;) and heat transfer (/)
coefficients are the bridge between surface conditions
(Csj and T) and bulk gas conditions (C; and 7).
Fig. 2 gives a picture of concentration and tem-
perature profiles which develop inside the pellet and
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Fig. 2. Temperature and concentration profiles for a partial
oxidation reaction in a spherical catalyst pellet.
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across the boundary layer, with reference to a possible
case.

The equations presented before are rigorous for
reactions without volume change and can be consid-
ered valid for diluted systems.

Modern methods for the rigorous numerical inte-
gration of equations are now feasible tools; e.g. ortho-
gonal spline collocation proposed by Villadsen and
Michelsen [5] permit in many cases — with not too
much high gradients — rapid and accurate calculations.

2.2.1. Heat transfer parameters

The values of mass transfer coefficients kg; and A,
and of the related dimensionless parameters Sherwood
number  Shi=kgd,/D;, and Nusselt number
Nu=hg-d,/ s can be computed by relationships invol-
ving the concept of j-factor both for mass (jp,) and heat

Um):
:kglmsz/g - ap

Jp; G ¢ = Reb’ (M
. hg 2/3 a

— PP = 2 8
JH G- Cpf " Reb2’ ®)

where G is the specific mass flow of the reactor inside
which our pellet is considered and a,, by, a,, b, are
constants; Sc; (Schmidt number)=pdp¢Djm, Pr
(Prandtl number)=cy 1/ A;. Consolidated parameters
and examples can be found in [6,7].

2.3.  The isothermal pellet

Considering an isothermal spherical pellet where a
first order reaction A;—products 1is running
(=ps - R(Cs, Ts) =k -ps - Cs =k -Cs), with the
introduction of the dimensionless variables r =
rl(dy/2) and C; = C,/Cjs the solution of Eq. (1) is
and the effectiveness factor n are given by:

__sinh(¢; - 1)

) = o nh(an) ®
_ 4 - (dp/2)2 “ D - (dcs/dr)‘(dp/z)
T 4B (A2 k- Gy
3
== (6 cotho, — 1), (10)

where ¢, = (d),/2) - \/k/Des is the Thiele modulus (in
spherical coordinates).
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Fig. 3. The effectiveness factor 7 vs. the Thiele modulus ¢, for a
first order reaction in a spherical pellet. After Luss [3], by
permission from Prentice-Hall.

For small ¢, the effectiveness factor is close to
unity, indicating that the diffusion resistance has a
negligible influence on the observed reaction rate; for
large ¢,, the effectiveness factor approaches the
asymptote 3/¢,, and the diffusion resistance causes
a significant reduction of the reaction rate as illustrated
in Fig. 3.

When the external mass transfer resistance is not
negligible, the concentration and the effectiveness
factor for a spherical pellet with reference to the bulk
conditions are given by:

sinh(¢; - 1)

C:(r) = ,
() re - [sinh o + S% (¢r - cosh ¢, — sinh gbr)]
(11)
1 1 ¢?
—=- 12
TR 2

where Sh"=e,kg(d,/2)/Des (modified Sh number).

For pellets of different shape (sphere, infinite cylin-
der and infinite slab) the asymptotic value of 7 for high
values of Thiele modulus is different. Using a normal-
ised Thiele modulus ¢ = V,,/S, - \/k/Des, the asymp-
totes are brought together (Fig. 4).

In most practical cases Sh" is at least of order 10; it
follows from Eq. (12) that in such a case external mass
transfer limitations affect 7, only for large values of ¢
for which important internal diffusion resistance
exists.

For a single reaction in an isothermal pellet a
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Fig. 4. Effectiveness factor 7 vs. normalized Thiele modulus ¢ for
a first order reaction. Reprinted form Aris and Rester [32]; © 1969
with permission from Pergamon Press.

normalised Thiele modulus is given by
Vp - r(Css) 1
¢ = S, : ‘ 72 (13)
(2 J& D(C) - #(C) dCS>

where Cgq is zero or the concentration at chemical
equilibrium and the effectiveness factor 7 can be found
using the graph of Fig. 4 for a rapid estimate before
using more precise methods.

2.3.1. Masking of the intrinsic form of kinetics of
rate expression

Diffusion limitations cause several difficulties in
the interpretation of kinetic data.

As an example consider an nth order irreversible
reaction A;—products for which the reaction rate
per unit volume of catalyst and the Thiele modulus
are r=Aexp(—E/RT)-C!-n and ¢=V,/S,

k - Ci=1/Des. For small values of ¢, 1 is very close
to unity with apparent reaction order n'=n and appar-
ent activation energy E'=E. However, when ¢ is large
n’ tends to (n+1)/2 and E’' tends to 1/2E (see [3] for the
simple mathematical steps).

This means heavy limitations for intrinsic order of
reaction.

Data are presented in Figs. 5 and 6 by Weisz and
Prater [8], where effects are evident as the diffusional
resistance is increased with increasing particle size.

It is very important to account properly for this
masking during the interpretation of laboratory or

] | 1 | |
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Fig. 5. The effect of diffusion transport on a zeroth order reaction.
Pressure dependence in the cracking of cumene on silica alumina.
After Weisz and Prater [8], by permission from Academic Press.

pilot plant kinetic data in order to avoid pitfalls in
the scale-up procedure.

This can be performed using a simple criterion
proposed in the same paper by Weisz and Prater
[8]. They noted that the parameter

2
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Fig. 6. Experimental demonstration of the effect of diffusion on
the measured activation energy of the cracking of cumene on SiO,—
Al,O3 catalyst. After Weisz and Prater [8], by permission from
Academic Press.
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Fig. 7. Yield of butadiene at 35% conversion as a function of
particle size using an iron oxide catalyst at 620°C. Reprinted with
permission from Voge and Morgan [9]; © 1972 American
Chemical Society.

is an observable quantity (combination of the experi-
mental reaction rate r of the bulk concentration C and
of other measurable quantities) and from their study
they found that diffusion limitations are insignificant if

P <. 15)

2.3.2. Diffusional disguise of selectivity of
isothermal catalytic pellet

In [3,7] we can find the mathematical treatment of
important general cases: parallel and consecutive
reactions.

In Fig. 7 we can see the yield of a consecutive
reaction as a function of particle size from the work of
Voge and Morgan [9].

In Fig. 8 relative yield ratio versus @ for the parallel
reaction scheme studied by Roberts [10] are shown;
the particular case presented considers the rate A—B
by first order and A—C by second order kinetics.

The impact of reactions happening with volume
change A;—mA, on the effectiveness factor has been
studied by Weekmann and Gorring [11]; in Fig. 9 an
example of their calculations with 7//n (relative effec-
tiveness factor which accounts for volumetric change
to that which neglects it) as a function of volume
change modulus o/=(m—1)C/Cr,,, at different values
of Thiele modulus ¢, is reported.

10¢
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Fig. 8. Relative yield ratio vs. modulus ¢ for various values of
P1,=ki/(k;C) first and second order reaction. Reprinted from
Roberts [10]; © 1972 with permission from Pergamon Press.

2.4.  The influence of thermal gradients

The solution of differential equations describing a
single nonisothermal chemical reaction A;—products
inside a catalytic pellet bring to the following inter-
and intrapellet temperature gradients. Defining by
Max(T;) the maximal intraparticle temperature (inside
the pellet), we find after some mathematics following
the work of Luss [3]:

Max(7y) — T,

M) "L _ g, (16)
Tss_T:ﬁG'é (17)
T Bi, ’

Fig. 9. Relative effectiveness factor 7//n vs. volume change
modulus o' for a second order reaction in a spherical pellet. After
Weekmann and Gorring [11], by permission from Academic Press.
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ratio internal/external temperature difference:

Max(T;) — Tss _ Bi, (Sh* 1)

T —T S\ &

where Bi,, (Biot number)=hg-Vy/\es-Sp, S (modified
Sherwood number)=¢gk-Vy/Des-S,, 3 (Prater num-
ber)=(—AH)-D.-Cy/des'Tss, B (Prater number at
bulk conditions)=(—AH)-D.-C/Aes-T.

Significant temperature gradients can exist only
when the observed reaction rate is not too small.
When the reaction is mass transfer limited, d—Sh"
and Eq. (18) predicts that intraparticle temperature
gradients are negligible. It follows that significant
intrapellet temperature gradients exist only for inter-
mediate values of @/Sh". For most operating condi-
tions Sh*>>Bip. Consequently, interparticle thermal
resistances usually are larger than intraparticle ones.
This is opposite as in the diffusional resistance for
which intraparticle gradients usually exceed the inter-
particle ones.

One of the key factors affecting the ratio between
the two thermal gradients is the effective conductivity
of the solid. This is shown quite clearly in Fig. 10,
where Kehoe and Butt [12] measured the inter- and
intraparticle temperatures during the hydrogenation of
benzene on Ni catalysts using two supports with a 10-
fold difference in conductivity and hence in Bi, number.

(18)
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Fig. 10. Measured internal and external temperature profiles in the
hydrogenation of benzene on Ni as a function of feed composition
for two pellets of different conductivities. Reproduced with
permission from the American Institute of Chemical Engineers,
Kehoe and Butt [12]. © 1972 AIChE. All rights reserved.

2.5. Steady state multiplicity

A catalytic pellet may present multiple steady state
solutions for the same set of parameters. This may
happen in cases of:

Complex reaction network and/or particular kinetic
expression. In several reactions one of the reactants
may be adsorbed so strongly that a reduction of its
concentration will increase the reaction rate; this
behaviour may cause the existence of nonunique
steady state solutions for some values of the Thiele
modulus as pointed out by Roberts and Satterfield [13]
where the case of bimolecular Langmuir—Hinselwood
kinetics is treated.

Heat production inside the pellet. Weisz and Hicks
[14] examined the influence of intraparticle tempera-
tures gradients for a first order irreversible reaction
neglecting the external heat and mass transfer resis-
tance, and computed the 7—¢ graph of Fig. 11: n
exceeds unity for several values of the parameters.

This occurs when the increase in the reaction rate
due to internal temperature gradients overcompen-
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Fig. 11. Effectiveness factor vs. Thiele modulus for a first order
irreversible reaction in a spherical catalytic pellet. [=Prater
number. Reprinted from Weisz and Hicks [14]; © 1962 with
permission from Pergamon Press.
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sates for the reduction in the rate due to concentration
gradients. Fig. 11 shows that in certain cases several
values of 7 correspond to the same ¢ indicating that
internal temperature gradients may cause steady state
multiplicity. Several uniqueness criteria have been
derived. For a first order reaction in a spherical pellet,
Luss [3] pointed out that neglecting the external heat
and mass transfer resistance:

Boy<4-(1+5), 19)

where ~y=[dimensionless activation energy]=E/RT
provided a good estimate of condition for uniqueness.

A list of parameters -y and v for reaction of
industrial interest is given in Table 2.

Coupling of reaction kinetics with the character-
istics of heat and mass transfer between pellet and
surrounding fluid. Combining external and internal
gradients also has an effect on the possible unstable
behaviour of the catalytic pellet. There is more chance
for multiplicity at reasonable values of the parameters.
Criteria for these events to occur have been derived by
several investigators; see [2,3] for the development of
criteria.

The ability to predict a priori the kinetic parameters
and operating conditions for which steady state multi-
plicity occurs presents practical relevancy in order to
find a suitable working point for the pellet and hence
for the reactor, out from situations of potential
instability.

2.6. Design parameter and criteria

Considering a reacting system in a catalytic pellet
we face a set of dimensionless parameters (3;, v:, ¢;,
Shj, Nu). For a given reaction network, with known

Table 2
Dimensionless parameters (- and  for some exothermic reactions
(after Hlavacek et al. [15])

Reaction By o'
Ethylene oxidation 1.76 13.4
Methanol oxidation 0.175 16.0
Oxidation of SO, 0.175 14.8

H, oxidation 0.21-2.3 6.75-1.52
Higher alcohols from CO+H, 0.024 28.4
Ammonia synthesis 0.0018 29.4

Dissociation of N,O 1.0-2.0 14-16

heats of reaction, intrinsic Kinetic rates, and known
properties of the pellet, the main design parameters
are:

The dimension of shaped catalyst (d,,) which is the
most important parameter; considering a situation
with constant internal structure of the pellet, with
the increase of catalyst dimension (when required
by considerations at macroscopic scale), there can
be a dramatic change of performances of the catalyst
by decreasing conversion and yield.

The reagents concentration which affects the 3;, Gg;
and hence the thermal behaviour of the catalyst.

The pore volume €, and its distribution among
micro-, meso- and macropores. When the reactor
performance requires bigger catalyst dimensions,
we can try to increase €, — when catalyst production
techniques and mechanical properties allow us to —
and/or to optimise the distribution among micro-,
meso- and macropores.

The distribution of active components. When diffu-
sional limitations cannot be avoided, in the presence of
expensive active components, a common practice is to
limit the quantity employed distributing the active
component in the external part of pellet near to the
surface, where it effectively works.

It is worth to remind the relevance of mechanical
properties; industrial pellets must satisfy requirements
of stability not only in reacting conditions, but also in
all the other operations (delivering, filling up of
reactors, etc.).

3. Adiabatic reactors

In adiabatic reactors the catalyst is present in the
form of a uniform fixed bed that is surrounded by an
outer insulating jacket. The basic and most applied
scheme is illustrated in Fig. 12(a).

Adiabatic reactors are used when there is no adverse
effect on selectivity or yield due to the adiabatic
temperature development and this may happen when
the heat of reaction is small, there is only one major
reaction pattern or there is an excess of one of the
reactants.

In addition to the phenomena at the scale of pellet
described in the previous chapter, macroscopic phe-
nomena at the scale of the reactor are operating: the
convection in the direction of the flow and heat and
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Fig. 12. Adiabatic reactors of different type.

mass dispersion effects which arise because of
complex flow pattern and large spatial variations of
concentration and temperature between the ends of
the packed bed. For illustration purposes, Fig. 13 is
presented.

3.1. The models

We refer to the general classification introduced by

Froment [16] both for adiabatic and nonadiabatic
reactors and reproduced in Table 3. For adiabatic

Feed gas

|

Fig. 13. Macroscopic transfer phenomena in axial reactor.

reactors, as mass and heat convection and dispersion
effects are in the direction of flow, there is no need to
consider bidimensional models.

If an exothermic reaction occurring in an adiabatic
bed is associated with a mild heat generation, then
pseudo-homogeneous models are suitable to describe
the behaviour of the reactor.

As an example note ammonia synthesis, ethylben-
zene dehydrogenation to styrene and methanol synth-
esis, etc.

The AI (plug-flow) model takes into consideration
only the convective mechanism of heat and mass
transfer and is frequently used to describe the beha-
viour of adiabatic packed bed for its simplicity. It is
satisfactory for long packed beds and high linear
velocity in the packing, reaction associated with
low heat effects and small size of catalyst pellets.

For a reacting system of NS species and NR reac-
tions, the mass balance for every component j and the
heat balance are:

d¢;

Uz PeR;(C,T) =0, (20)
dT
u-pf-cpf-d—z—pb-Z(fAHi)~ri(Q,T) =0 (21

with initial conditions: Z=0, C;/=Cy;, T=T),.

The A II (dispersion) model takes into account the
mixing in axial direction which is caused by turbu-
lence and the presence of the packing: to the overall
transport by plug-flow an effective mechanism of
dispersion, described by dispersion coefficients, is
superimposed. This model, apt for short beds (see
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Table 3
Classification of fixed bed reactor models

A Pseudo-homogeneous (T=T,, C=Cj)

B Heterogeneous (T#T,, C#£Cy)

One-dimensional Al Basic, ideal, plug flow B1 +Interfacial gradients
All +Axial mixing B1I +Intraparticle gradients
Two-dimensional ATII +Radial mixing B III +Radial mixing

Fig. 12(c)), is given by the following equations:

d*¢G; dc;
6'Deaj '@_ d7+ﬂb iRj(gv T) = 07 (22)
d’T T

)\ea'@_u'pf‘cpf dZ+pb

Y (-AH) -r(C,T) =0 (23)
with b.c.: Z=0,

dC;
—€ - Deaj . EJ =Uu- (C()j — Cj), (24)
dr

_)\ea'izu'pf'cpf' (TO_T); (25)
Z=L,
dc;  dT
D A 26
dz dz (26)

This model presents a nonlinear boundary value
problem requiring an iterative approach in the inte-
gration.

If a strongly exothermic reaction occurs such as,
e.g., oxidation of ethylene, carbon monoxide, or
ammonia etc., then heterogeneous models, which take
into account different conditions on the surface of the
pellet and in the gaseous phase due to mass and heat
transfer resistance, are needed.

The most general model (the B II one of Table 3-
~+heat and mass dispersion) was developed by Hla-
vacek and Votruba [17] in order to model ignition-
extinction phenomena:

d*c; dc;
—€ 'Deaj HZJ_F i"‘k (l(C Css;) = O, (27)
d*r
—Aea - qz2 TP e dZ + hea - (T — Ty) =0,

(28)

with b.c.: Z=0,

—€ Deyj '% =u-(Coj = G), (29)
_)\ea'j_;:l"'pf'cpf'(TO_T)§ (30)
Z=L,

g _ur_, o

These equations coupled with the ones at micro-
scopic scale suitable to describe an isothermal pellet
with diffusion limitations (Eqgs. (2)-(6b)) constitutes
the whole model. The computing problem is quite
relevant and can be simplified using a precalculated
effectiveness factor for the reaction rate expression.

Concerning the complexity of the model the best
practice is to consider the simplest model with all the
main relevant phenomena and then add complexity
only when needed by comparison between experi-
mental and calculated data.

3.2.  Dimensionless parameters

Considering the heterogeneous dispersion model
and a single reaction of nth order A;—products, after
introducing dimensionless variables Z*:Z/L, C'=
CICy, Ci =Cg/Cy, O=E-(T—Ty)/R-T; and
Os =E- (T —To)/R - T}, we face the following
dimensionless parameters:

. u-d, L L
Bo,;, =Bodenstein number = .= =Bo, - —,
€ Dea dp dp
(32)
Pe,; =Peclet number — Pt ot Do & Pe, - —,
Aca d, d,
(33)
kea - L
R Ly 34
u
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hoa - L
R )
Pt Cpf - U
Co,Ty) - L
Da = Damkohler number = (Co, To) - L
Co-u
A- —E/RT)) -C*1.L
_ eXP( / 0) 0 ’ (36)
u
B = dimensionless adiabatic temperature rise
—AH) - C E
_( )-Co . = (Ba)o 7> 37)

precr-To R-To

where Bo,, Pe, are based on pellet diameter and Bo,;,
Pe,; are based on reactor length L.

To these the known parameters: (3, 7, ¢ sum up.
Remind that 3, and 3y, somehow related to Nu (hy)
and Sh (ky), are already known from the previous
chapter. (8g)o is the Prater number evaluated at the
bulk conditions and at the reactor inlet.

3.3.  Current design data in adiabatic fixed bed
reactors

For pressure drop calculation, the Ergun correlation
is recommended:

(—150'(16)’““.750)
dP

(1-¢

€3

AP
=
G

dp'pf'gc.

(38)

207

For AP calculation in reactors is preferable to
express AP/L as grad P (dP/dZ for a tubular reactor)
and then compute the total pressure drop
AP = fOL (grad P) dZ along the flow direction Z con-
sidering the variation of p; with 7, P and the volume
change due to reaction.

For axial mass dispersion coefficient, the correla-
tion based on the work of Edwards and Richardson
[18] and tested by Wen and Fan [19] on many experi-
mental data valid for 0.08<Re<400 and 0.28<5¢<2.2
can be adopted:

I Dey 0.5
Bo, v-d, 1+95-¢/(Re-5Sc)

In Fig. 14 Eq. (39) is presented with 9.5-€¢3.8 and
0.75-€=0.3, where the authors express Bo, as Pe,
(Peclet number in axial direction). For Reynolds
number high enough Bo, is near or equal to 2; note
that (at enough high Re) for the components of a
multicomponent mixture all the Bo,; becomes equal
(=22).

Axial heat dispersion coefficients can be evaluated
from Dixon and Cresswell [20]:

I Aea _ Aaf
Pea_u'pf~cpf~dp_u~pf~cpf~dp
)\as/)\f Uu- pf-Cpf
Re - Pr ah - dy

0.75 - €
Re - Sc’

(39)

(40)

For Re high enough Pe, is near or equal to 2.
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Fig. 14. Correlation of axial dispersion. Coefficient for gases flowing through fixed beds. Reprinted from Wen and Fan [19], p. 171 by

courtesy of Marcel Dekker.
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Fig. 15. One-dimensional tubular reactor with axial mixing. Outlet
vs. inlet temperature.

3.4.  Multiple steady states

The A II model (Egs. (22)—(26)) has received great
attention because the introduction of axial mixing
leads to the possibility of more than one steady state
profile through the reactor. In Fig. 15 the relationship
between the inlet temperature T, and the outlet tem-
perature 7(L) in two situations with increasing D, (1/
Bo,) is presented: in the second case three solutions
are feasible. The presence of multiple steady state is
more probable for a strongly exothermic reaction.

For a first order reaction the following condition
presented by Hoffmann and Hlavacek [21] governs the
occurrence of multiplicity:

4.y

B > .
v —4

(41)

If this condition is satisfied, then for a given value of
Pe,; number a region of Da number exists where
multiple steady states occur. For higher values of Pe,;.
this region contracts and over a critical Pe,; number
only unique states occur.

As already pointed out, it is very important to know
a priori if more than one steady state is possible in
order to determine the optimal design in a range of
parameters where only single solutions are possible.
Froment [16] analyses the situation in industrial pro-
cesses and states that multiplicity will occur in region
of parameters quite far from that of industrial practice.
Hlavacek and Votruba [17] are not so categorical and
show the experimental data obtained studying the
oxidation of CO in a pilot reactor (see Fig. 16), data
which did require the development of the model
presented before in Egs. (27)—(31) and Egs. (2)-
(5a) and (6b) to have reasonable agreement between
the experimental and measured extinction point.

Y (fr. conv.)

| | | |

15 20 25 30
L(cm)

o

Fig. 16. Measured region of multiple solutions: carbon monoxide
oxidation. After Hlavacek and Votruba [17], by permission from
Prentice-Hall.

3.5. Design parameters and criteria

Considering a reacting system in a tubular adiabatic
reactor, we face a certain number of parameters (in
dimensionless terms to the already known 3;, 7;, ¢;,
Shj, Nu, the Bo,;, Da;, Pe, should be added). For a
given reaction system, with known heats of reaction,
intrinsic kinetic rates and for a given catalyst with
known internal characteristics the design parameters
for a given production rate are:

the dimension of shaped catalyst;

the inlet reactants concentration Cyy;
the linear velocity (or the ratio di/dp);
the ratio L/d,,;

the inlet temperature.

The Cy; are usually not an independent variable
because they influence the energy consumption
required in the separation section so that the value
of inlet concentrations comes from an optimisation
between reaction section and separation section.

When possible, we should choose:

e inlet concentrations not too high in order to obtain
reasonable adiabatic temperature rise (low B)
which would avoid possible problems of multiple
steady states;

e linear velocities high enough to avoid problems of
interparticle heat (and mass) transfer and of axial
dispersion (unless for very short beds);
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Fig. 17. Schematic picture of a multistage reactor for ammonia
synthesis. Reprinted from [33]; by permission from Wiley—VCH.

e areactor length L not too high in order to keep the
pressure drop AP reasonably low.

When the adiabatic temperature rise B becomes too
high we can adopt the multistage reactor layout with
heat exchange between stages as in Fig. 12(b); this
concept is very important for reactions limited by
chemical equilibrium as in the example of Fig. 17
for the ammonia synthesis.

The tubular adiabatic reactor may present limita-
tions in the scaling up: when very high production
capacities are required the AP may become an insu-
perable limit.

In order to overcome these problems reactors with
radial flow (Fig. 12(d)) have been developed. They
make higher throughput and hence higher capacity
possible, because of the low pressure drop and more-
over, it is also possible to use smaller particles with
higher effectiveness factor.

With reference to Fig. 12(d) and taking into account
the following assumptions: channelling and shortcut
effects do not occur; absence of gradients in axial and
angular direction; all the models described previously
can be considered (see [17] for examples about models
and design parameters correlations). As examples of
industrial application we find the dehydrogenation of
ethylbenzene and the ammonia synthesis.

3.6. The autothermal reactors

Since the incoming reaction gases in most cases
must be heated to the ignition temperature of the

0

Ts T, X

T

Fig. 18. Autothermal reactor.

catalytic reaction, adiabatic reaction control is often
coupled with heat exchange between the incoming and
exiting reaction gas producing the so-called autother-
mal reactor (Fig. 18).

Hlavacek and Votruba [17] present a thorough
analysis of autothermal reactors devoted also to the
study of multiple steady states. In the schematic
description of Fig. 19, the heat generation curve
and possible heat withdrawal lines are presented
indicating the possible presence of multiple steady
states. So attention has to be devoted in design of these
reactors in order to avoid situations of instability.

W)

To

Fig. 19. Steady states in an autothermal reactor: (A) heat
generations; (B) heat transfer; (C) limiting positions. After
Hlavacek and Votruba [17]; by permission from Prentice-Hall.
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Fig. 20. The NEC ammonia synthesis. After Hlavacek and Votruba
[17], by permission from Prentice-Hall.

As an example of industrial application of auto-
thermal reactors we can consider the NEC ammonia
synthesis reactor (Fig. 20).

An other important application is the autothermal
reaction control with direct, regenerative heat
exchange developed by Matros [22] in which the
catalyst packing simultaneously acts as the regenera-
tive heat exchanger. Fig. 21 shows the basic arrange-
ment. After the catalytic fixed bed has been heated to
the reaction temperature, for example with a burner,
the cold reaction gas flows into the packing, where it is
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heated by the hot catalyst packing and then reacts. At
the same time the inflow part of the packing is cooled
so that the reaction front migrates into the packing.
Before the reaction front has reached the end of the
packing, the flow direction is reversed by valves so
that the temperature front moves back again and heats
the cooled part of the packing. In this way a periodic
steady state is finally established. The upper and lower
ends of the bed serve as regenerative heat exchanger,
the hot central as reaction zone.

3.7.  Dynamics and control

Fixed bed reactors of industrial relevance are gen-
erally operated in a stationary mode. The target is
usually there to keep the desired conversion constant.
Mass flow control, feed stoichiometry control, control
of the total pressure as well as feed temperature
control are therefore the most important automatic
control circuits in fixed bed reactors.

However, the nonstationary dynamic operation
mode is also of great importance for industrial opera-
tion control. Very interesting from this point of view is
the experimental and modelling work done by Van
Doesburg and De Jong [23] using the methanation of
CO and CO, as test reaction carried out in a 0.51
adiabatic catalytic reactor in mild conditions. The
axial temperature profile was measured as a function
of time after applying changes in feed concentration

Fig. 21. Autothermal reaction control with direct (regenerative) heat exchange for an irreversible reaction: (A) basic arrangement; (B) local
concentration and temperature profiles prior to flow reversal in steady state; (C) varation of outlet temperature with time in steady state. After
Eigenberger and Nicken [22]; by permission from Wiley—VCH.
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Fig. 22. Measured (points) and calculated temperature profiles showing the transient of an adiabatic fixed-bed reactor for the methanation of
CO and CO,: (A) transition after increasing the feed concentration; (B) transition after decreasing the feed temperature. SV=space velocity.
Reprinted from Van Doesburg and De Jong [24]; © 1976 with permission from Pergamon Press.

(increase and decrease) and decreases in the inlet
temperature. In Fig. 22(a) and (b), the experimental
data and calculated temperature profiles obtained with
a quasi-homogeneous model solved using the Crank—
Nicholson algorithm are reported.

When the feed concentration is increased a new
main reaction zone forms in the front part of the
reactor and the temperature rises gradually to a new
maximum value. When the feed temperature is
decreased, the maximum temperature in the fixed
bed initially increases rapidly (the “wrong way beha-
viour’’) and then the main reaction zone moves slowly
in direction of the outlet reaching at the end a new
stationary state at lower temperature.

3.8. Monolith structures

Monolithic catalysts are continuous unitary struc-
tures which contain many small, mostly parallel pas-
sages. A ceramic or metallic support is coated with a
layer of material in which active ingredients are
dispersed. They are particularly suited when pressure
losses must be kept low, as in cases where the reaction
conversion is low and a large circulating gas ratio has
been considered as well for the off-gas purification, in
which large off-gas streams must be handled with
minimal additional cost. The common operating con-
dition is the adiabatic one. In Table 4 and Fig. 23
typical geometries are presented.

Fig. 23. Usual shapes of monolith catalysts: (A) square-channel
monolith; (B) parallel-plate monolith.

Monolithic structures are presently used to solve
important industrial problems such as control of auto-
motive emissions, abatement of waste exhaust gases,
nitrogen oxide emission control.

There are advantages of monolithic structures over
the classical packed bed concept:

e the monolithic support has much higher geometric
surface area;

e the honeycomb matrix has a very low pressure
drop because of the existence of straight channels
in the monolithic structure.

The honeycomb support should have moreover
characteristics to suit the process: attrition-resistance
to the operating conditions caused by gas flow and/or
vibrations experienced during vehicle operations, and
also resistance to deposition of carbon and dust.
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Table 4

Asymptotic dimensionless laminar flow heat or mass transfer coefficients Nu=a,-dy/A, (constant wall conditions) and Fanning friction factor
f for pressure drop Ap = 2f(nZy./d?) - v, for ducts of different cross section (after Shah [24])

Geometry Nu f dy
a
2.47 13.33 2a/\/3
a
a 2.98 14.23 a
a
d 3.34 15.05 2V3a
@a 3.66 16.00 a
—a 7.54 24.00 2a

Basic to the design of monolithic reactors is of
course the knowledge of kinetics of the monolithic
structure expressed per unit area of active surface and
the heat and mass transfer effects.

In [17] we find geometric data, correlations for
Peclet, Nusselt and Sherwood and for pressure drop
and models which are able to describe the reactor
performance.

Industrial applications range from largest reactor
used to remove NO, from power station flue gases
(DeNO,, process), with a catalyst volume more than
1000 m* with several monolithic units as shown in
Fig. 24,tothe smallestreactor for the catalytic treatment
of the exhaust gases of internal combustion engines
with one monolithic unit of about 11 (Fig. 25).

4. Nonisothermal nonadiabatic tubular reactors

Nonadiabatic reactors are used when the adiabatic
temperature development is high and influences the
selectivity of the reaction; in these reactors indirect
heat exchange occurs via a circulating heat transfer
medium integrated in the fixed bed. They can also
be adopted because a better isothermal behaviour
can produce better performances as for example in
the dehydrogenation of ethylbenzene to styrene to
compensate the unfavourable reaction rate at lower
temperatures.

Flue gas + NHy in

Catalyst
l layers

Flue gas out

Fig. 24. Reactor chamber for removal of nitrogen oxides from
power station flue gas. After Steinmueller [33].

The most common arrangement is the multitubular
fixed bed reactor in which the catalyst is arranged in
tubes and the heat carrier circulates externally around
the tubes (see Fig. 26(a)—(c)).

Owing to the poor heat transfer characteristics of
the system what should be an “isothermal fixed bed
reactor” has really a quite different behaviour with
significant temperature profiles in the axial and radial
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Fig. 25. Catalytic after burner for internal combustion engines.
After Eigenberger and Nicken [22], by permission from Wiley—
VCH.

direction as illustrated in Fig. 27. The peak type axial
temperature profile is the so-called ‘“‘hot spot”.
4.1. The models

The mathematical models suitable for the descrip-
tion of these complex phenomena are the already
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where U is the overall heat transfer coefficient with the
cooling medium.

But owing to the pronounced heat effect in radial
direction, it is natural to prefer and rely on models able
to predict the detailed temperature and conversion
patterns in the reactor and this leads to two-dimen-
sional models, where the flux of heat or mass in the
radial direction is modelled by the effective transport
concept. In the majority of industrially important cases
axial dispersion of mass and heat can be omitted
following the considerations already done with the
adiabatic reactors.

The continuity equations for the j component and
the energy equation for pseudo-homogeneous two-
dimensional model with a reaction system of NS
compounds and NR reactions are:

9*C; 1 0C; 0C;
known models used for the adiabatic reactors to which — €+ Dyj- <Wﬂj + R a—RJ) +u- a—ZJ
the transport of heat and mass in the radial direction is
superimposed, as pointed out in the aforementioned —pp - Ri(C,T) =0, (45)
Table 3. T 1 0T or
The simplest model is the A I (plug flow): —Aer OR? TR R Tuepr A
w = R(CT) =0, 42) D (-AH); r(C.T) =0 (46)
7 ith b.c.:
e ot = o Z(,AHZ.) -r(C,T) with b.c.:
A Ui Z=0,0<R<(d/2),
+ (’1 (T—Ty) =0 43  CG=Cy T=T, (47)
t 0<Z<L, R=0),
with initial conditions Z=0: oci or
J _ _
Ci=Cy, T=Ty, 44) RV B8R 0, (48)
( Feedis ) e mifu A (
Heat [ D (- H -
E‘l aY4 l:E_m glﬂ-’ |C: :“:
( i ) - =P EHA-
- - = [<SHAS A=
HHB (SHH
AP — s TS
' * ‘\ E/ ﬁ
L l @ | L l ® | L

Fig. 26. Nonisothermal-nonadiabatic tubular reactors.
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Fig. 27. Tubular reactor: (a) basic scheme; (b) axial profile of mean radial temperature; (c) basic scheme of axial and radial dispersion

phenomena and radial profiles of temperature and velocity.

R=(d/2),
8Cj or Oy
8_R*Oa 8_R*_)\_er'(T_Tw)a (49)

The effective thermal conductivity A, constant in
the core of tubular reactor, becomes higher near the
wall; the usual approach considers a mean value of A,
and a second coefficient accounting for the heat
transfer at the wall «a, defined by Eq. (49).

With strong exothermic reactions gas to solid heat
and mass transfer play an important role and in this
case the choice is for the heterogeneous two-dimen-
sional model:

Cep (26 L 0GN , 9G
“Peill\orr TR OR) " oz

+ kg,-a . (Cj — Cssj) = 0, (50)
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SV A DR
OR? "R OR "oz

+hea - (T —T) =0 (51)
with b.c.:

Z=0,C;=0,T =T,

0<Z<L,

R=0,

%:0, %:0, (52)
R=(d/2),

ac; oT

0, ay- (Tw - T) = der - (53)

OR R’

Egs. (50)—(53) coupled with the ones at pellet scale
Egs. (2)—(6b) constitutes the whole model. The com-
puting problem can be simplified using an effective-
ness factor.

4.2.  Dimensionless parameters

With reference to a single reaction, by transforming
the previous equations in dimensionless ones, after
introducing the dimensionless variables Z'=Z/L, R"=
RI(d/2), C"=CIC,, C* = C,/Cy, O =E-(T —Ty)/
R-T} and O, =E- (T, — Ty)/R - T3, we take into
consideration the following new dimensionless para-
meters which sum up to the already known 3, 7, ¢, Sh,
Nu, Bo,, Pe,, Da, B:

-d
Bo, = Bodenstein number in radial direction = Y 4
er
(54)
Pe, = Peclet number in radial direction
u- pr - Cpf - dp
= — 55
o ) (55)
w d
B; = Biot number = a P (56)
>\er

4.3. Design data

Effective radial conductivity and apparent wall heat
transfer coefficient are proposed by Dixon [25]:
Bi Big Bi

)\er'.i:)\ "5 R
Bitd " Bit4 "™ Bit4

(57)

8.0

| ISR S R I N S———" — |
07100 200 300 400 500 600 700
Re

1 1 . . 1 1 1 J
0™700 200 300 400 500 600 700
Re

Fig. 28. Radial Peclet number vs. Reynolds number: (a) same
thermal conductivity; (b) different thermal conductivity (nylon vs.
steel). Reproduced with permission of the American Institute of
Chemical Engineers, Dixon [25]. © 1985 AIChE. All rights
reserved.

where

o (d/2)
Aer

[ Bit (= aw - (dp/2)/A)  (high Re; Re > 1000),

B { Bis (= o - (dp/2)/ M) (low Re; Re < 10).

B;

In Figs. 28 and 29 Pe, and Bi are reported as a
function of Re.

For the radial mass dispersion, De Ligny [26]
adopted the following correlation:

1_ b n a
Bo, Re-Sc 1+ (b/Re-Sc)’

(58)

For spherical packing 7, the tortuosity factor is 0.67
and a=0.12, b=78+20.

For practical purposes Pe, and Bo, may be consid-
ered to lie between 8 and 10.

4.4.  Examples of application

The reliability of the models can be tested only by
comparison with experimental data.
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Fig. 29. Comparison of formulas for Bi with data for 9.5 mm ceramic spheres and nylon spheres (d/d,=7.6). Reproduced with permission of
the American Institute of Chemical Engineers, Dixon [25]. © 1985 AIChE. All rights reserved.

The work done some years ago in EniChem [27]
with the vinylacetate synthesis from acetylene and
acetic acid with Zn acetate supported on carbon can
help. With reference to Fig. 30, the work was con-
cerned with:

e Kkinetic measurements on catalytic pellets using a
Berty type reactor and determination of the kinetic
model of Langmuir-Hinselwood kind with refer-
ence to the main reaction (in the range of conver-
sion 0-60% the selectivity is very high); kinetic
results were not influenced by the size of pellets
indicating an effectiveness factor very near to one.

e heat transfer measurements in the pilot reactor/
heat exchanger described in Fig. 30(a); in order to
simplify the regression of the data, the inlet tem-
perature profile was carefully made constant along
the radius 7(Z,0)=T7(Z,d/2). The measured para-
meters are shown in Fig. 30(b) and (c).

e measurements of conversion in the same reactor/
heat exchanger of Fig. 30(a). Inlet temperature
was kept constant along the radius and tempera-
ture profiles were measured in the presence of
reaction. The interpretation of the experimental
results was performed using the two-dimensional
pseudo-homogeneous model and the experimen-
tally measured parameters — without the need of
any “tuning” - just adding to the model the

correlation of Fahien and Stankovic [28] in order
to take into account the velocity profile along the
radius, which presents a maximum at 1.5d,, from
the reactor wall.

The results shown in Fig. 30(d)—(f) indicate the
accuracy of the model. The application of these stu-
dies to the industrial scale brought to a better design of
the reactor with a smaller diameter.

4.5. Parametric sensitivity and run away

Nonisothermal-nonadiabatic reactors do not pre-
sent real problems of instability but rather of para-
metric sensitivity, which is the exaggerated response
of the behaviour of the reactor, e.g. in terms of thermal
profile and conversion in correspondence with small
variations of operating parameters. This happens when
the heat transfer capacity of the system is not fully
adequate with respect to the production rate of the heat
generated by the reaction. In this situation the reactor
control is a difficult task and imperceptible changes of
operating conditions may produce the complete loss of
control of the reactor: the run away.

A priori criteria can be found for single reaction.
Dente and Collina [29] approaching the sensitivity
problem with a A T model state that reactor’s beha-
viour present:
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Fig. 30. Study of vinyl acetate reactor.
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1. no sensitivity with a temperature profile satisfying
the conditions: d*6/dDa’<0 at any point before
the maximum temperature, i.e. with dO/dDa*>0
(© and Da defined in Section 3.2);

2. sensitivity when the temperature profile has d*6/
dDa*>0 in some interval before the maximum.

Van Velsenaere and Froment [30] inspecting by an
A I'model the temperature and partial pressure profiles
of an oxidation reaction conclude that parametric
sensitivity and run away may be possible:

1. when the hot spot exceeds a certain value;

2. when the temperature profile obtained with a sim-
ple plug-flow model develops inflection points
before its maximum (see Fig. 31).

For more complex situations we have to rely on the
availability of models by which we can perform a
parametric study; of course a suitable package of data
are needed: kinetic data, heat and mass transfer
correlations for the reactor and for the catalytic
particle, etc.

4.6. One- vs. two-dimensional models

The models described in Egs. (45)—(49) and
Eqgs. (50)-(53) are a set of partial parabolic differen-

800

P°=0.017

0.<5 Z(m) 10

Fig. 31. Temperature profiles in reactor showing the sensitivity
with respect to inlet temperature. (1) T(=T7,=625K, (2)
To=T,=627 K, (3) To=T,=626 K, (4) To=T,,=628 K. Reprinted
from Van Velsenaere and Froment [30], © 1970 with permission
from Pergamon Press.

tial equations, which are rather difficult to solve even
with the todays’ computing facilities. A simplification
is often made which approximates the partial differ-
ential equations by a set of ordinary differential
equations: resulting model assumes that concentration
and temperature gradients occur only in the axial
direction, dealing therefore with average values of
concentration and temperature in radial direction.
Finlayson [31] approached the problem with a
orthogonal collocation procedure, where the colloca-
tional point, representative of the mean concentrations
and temperature in radial direction, is chosen by a
suitable polynomial; using e.g. the Legendre polyno-
mial the collocational point is at R* = \/5/ 2 and the
overall heat transfer coefficient U is given by
1 1 dy

v:a—w—Fg.)\er. (59)

The two dimensional models will become mono-
dimensional with the possibility of maintaining some
information on the radial behaviour. For example, the
radial temperature profile is given by [17]:

| — R*2+2/Bi
(60)

where R% is v/2/2 and T is the dimensionless tem-
perature of the cooling medium.

In this way we can describe the reactor with simpler
equations useful in preliminary studies and for control
problems.

4.7.  Design parameters

Considering a reacting system in a tubular reactor,
we face a certain number of parameters and dimen-
sionless terms 3;, v;, @;, Shj, Nu, Bo,j, Boyj, Da;, Pe,,
Pe.. For a given reaction system with known heats of
reaction, intrinsic kinetic rates and for a given catalyst
with known internal characteristics, the design para-
meters for a given production rate (with reference to a
single tube) are:

the pellet diameter;

the ratio di/d,, ranging from 8 to 50;
the ratio L/d,,;

the inlet concentration and temperature;
the temperature of cooling medium.
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The adoption of design values is heavily condi-
tioned by the constraints of avoiding the situations of
parametric sensitivity and runaway. Very critical is the
ratio di/d,, which conditions the heat transfer from the
pellets in the core of the reactor to the wall. If
necessary in order to limit the hot spot temperature
also extreme values of about 4-5 can be chosen.

In order to compensate the ageing of the catalyst
very often much higher quantities of catalyst are
used and therefore attention has to be paid to AP
value which should be kept at a reasonable limit for
energy consumption reasons (usually AP<0.5-1
kg/cm?).

4.8.  Control of fixed bed reactors

The control of fixed bed reactors is strictly related to
the design of the reactor: a good design will choose
the optimum operating conditions far from the region
of parametric sensitivity and hence from runaway
conditions.

The target is usually there to keep the desired
conversion constant. Mass flow control, feed stoichio-
metry control, control of the total pressure as well as
feed temperature and heat transfer medium tempera-
ture control are therefore the most important auto-
matic control circuits in fixed bed reactors.

5. Conclusions

The theory of fixed bed reactors enables us to:

e interpret the experimental data in laboratory
(kinetics and diffusion), pilot and reactor scale
and simulate the behaviour of reactors using mod-
els which range from the very simple to the very
complicated and therefore are able to suit to the
complexity of the system and to the availability of
the data required;

e understand the characteristics and the limits of the
system under study: presence of mass and/or heat
transfer resistances inside or outside the pellet, the
relevance or not of dispersion phenomena;

e design a reactor choosing the best operating con-
ditions outside the region of multiple steady states
or of parametric sensitivity which is the region of
potential instabilities in order to guarantee a good
control of the reactor.

6. Symbols

a
A

Aj

B; (Bip)
Bo, (Bo,)
C ([
Cpf

Cs (Csj)
Css (Cssj)
Dea (Der)

Des (Desj)

specific area of pellet/packing (m*/m?)
pre-exponential factor (s™") (for first
order reaction)

chemical compound j

Biot number=a,-dp/Aer (=hgdp/Aes)
Bodenstein number=v-d,/D., (=v-dy/
De)

concentration (of j) in the bulk gas
(kmol/m®)

specific heat coefficient of fluid (gas)
(kcal/kg °C)

concentration (of j) inside the catalytic
pellet (kmol/m?)

concentration (of j) at pellet surface
(kmol/m®)

dispersion coefficient in axial (radial)
direction (m?/s)

effective diffusion coefficient of j in-
side the catalyst (mz/s)

binary diffusion coefficient of com-
pounds i and j (m2/s)

diffusion coefficient of j in a multi-
component system (m?/s)

hydraulic diameter (m)

Knudsen diffusion coefficient of com-
pound j (m%/s)

pellet diameter (m)

reactor diameter (m)

activation energy (apparent activation
energy) (kcal/kmol)

dimensionless parameters defined by
Egs. (34) and (35)

specific mass flow=u-p; (kg/m” s)
dimensional constant (kg m/(kggorce )
heat transfer coefficient (kcal/m” s °C)
Jj-factor for mass, heat transfer

kinetic constant (sfl) (first order)
kinetic constant (s~ m3/kg) (first
order)

mass transfer coefficient (of j) (m/s)
reactor length (m)

molecular weight of j (kg/kmol)
reaction order (apparent reaction order)
Nusselt number=h,-d,/\¢

pressure drop of reactor (kggoree/cm? or
kPa)
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Peclet number=u-pg-cpdp/Aca
(:u'pf’cpf’dp/)\er)

Prandtl number=cpp1¢/ A

radial coordinate of pellet (0<r<d,/2)
(m)

reaction rate (kmol/kg cat s)

radial coordinate of reactor (m)

rate of production of compound

J=S"R ;- r; (kmol/kg cat s)
Reynolds number=u-d,- p¢ i

external surface of the pellet (m?)
Schmidt number Sc;=p/p#/Djm
Sherwood number kgj-dp/Dj,
temperature in the reactor (K)
temperature inside the catalytic pellet
(K)

temperature on the surface of the
catalytic pellet (K)

fluid velocity referred to whole section
of reactor (m/s)

overall heat transfer coefficient (kcal/
m? s °C)

interstitial fluid velocity=u/e (m/s)
pellet volume (m®)

molar fraction

axial coordinate (m)

wall heat transfer coefficient (kcal/
m?s °C)

Prater number with respect to surface,
bulk conditions

bed voidage fraction (internal porosity
of catalyst)

Thiele modulus for spherical pellet
(generalised Thiele modulus)

defined by Eq. (13)

dimensionless energy of activation
effectiveness factor with reference to
Cs, C

axial thermal conductivity of solid
(fluid) (kcal/kg m °C)

thermal conductivity of the fluid (kcal/
kg m °C)

effective thermal conductivity of the
pellet (kcal/kg m °C)

effective axial, radial thermal conduc-
tivity of reactor (kcal/kg m °C)

Arss Arf radial thermal conductivity of solid,
fluid (kcal/kg m °C)

e viscosity of fluid (gas) (Pas)

Vi stoichiometric coefficient of j in reac-
tion i

pr density of fluid (gas) (kg/m’)

Ds density of catalytic pellet (kg/m>)

Pb density of catalytic bed (bulk density)
(kg/m3)

O (Oy) E- (T - TO)/R ’ Tg
(: E- (T — TO)/R ) T(%)

T tortuosity factor (7 of pellet, 7, of
reactor bed)

Subscript

a axial

b bulk conditions (concerning the gas
phase but also the catalytic bed)

c concerning the cooling medium

e effective

f, g concerning the fluid, gas

i reaction i

j compound j

0 at reactor inlet

r radial, radius of spherical pellet and
also pore radius

S of the catalytic pellet

ss at the pellet surface

Superscript

* dimensionless variable, also modified
dimensionless parameter
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